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Abstract

Three pneumatically agitated reactors - a bubble column and two airlift devices — with identical rectangular cross-sections ( 0.456 mXx0.153
m), working heights (1.64 m) and equivalent gas sparging arrangements were compared in terms of the hydrodynamic and oxygen transfer
performance. The two airlift reactors had identical riser-to-downcomer cross-sectional area ratios of 1.0, but differed in being sparged either
in the central draft-tube or in the peripheral risers. The reactors produced comparable overall gas holdups for otherwise identical conditions
in air-water or air—water—glass bead (0.069 mm particle diameter, 0%-5% (v/v) solids loading) systems. For the airlifts, irrespective of the
sparging configuration or the solids loading, the same linear equation could relate the riser and the downcomer gas holdups. The velocity of
the induced liquid circulation was not affected by solids loading, but the central draft-tube sparged design produced consistently higher
velocities than did sparging in peripheral tubes. The bubble column had the poorest mixing performance. Complete suspension of solids
occurred in all reactors in the range of superficial air velocities (0.01-0.08 ms™ 'Y tested; however, the distribution of solids was non-uniform
in the bubble column. The airlift devices achieved homogeneous distribution. The oxygen transfer capability of the three reactors was

comparable, with the bubble column performing slightly better.
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1. Introduction

Bubble columns and airlift reactors are pneumatically agi-
tated devices with numerous applications as gas-liquid-solid
three-phase reactors. For example, in the chemical industry,
gas-liquid reactions requiring heterogeneous catalysis, such
as catalytic hydrogenations, are often carried out in slurry
bubble columns [1,2]. In bioprocessing, airlift devices [3]
are employed for microbial fermentation using suspended
solid substrates, as well as in biological treatment of waste-
water with microbial biofilms supported on suspended solid
particles that enhance biomass concentration and retention
[4]. Although slurry bubble columns are the most commonly
used three-phase reactors and are the best studied [ 1,2], airlift
reactors, with a well-defined flow pattern, are better suited to
suspending solids. Information on three-phase airlift reactors
is relatively sparse [3,5-16]. Particularly, few data exist on
comparison of performance of bubble columns and airlift
reactors in three-phase applications [3]. Further, among the
airlift reactors, the draft-tube sparged mode of operation
needs to be compared with the alternative of sparging in the
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peripheral tubes. Because rectangular tank-type configura-
tions are often simpler than cylindrical designs, rectangular
configurations need to be examined in terms of the important
operational parameters such as the suspension and distribu-
tion of solids, the overall gas holdup, the relationship between
the riser and the downcomer gas holdup, the induced liquid
circulation rates, mixing capability and oxygen transfer
behaviour. Few studies are available on reactors with rectan-
gular cross-sections [3,7,8,17-19] even though rectangular
tank designs are the most common, especially in the waste-
water treatment industry. In view of this lack of information,
this work compares the performance characteristics of a bub-
ble column and equivalent airlift devices with a rectangular
geometry. Two modes of operation of airlift reactors are
compared.

2. Experimental details

Three Plexiglas reactor configurations were used. All con-
figurations had identical rectangular cross-sections and over-
all heights as shown in Fig. 1. Configuration (a) was a simple
bubble column with the bottom corners filled in by two prisms
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Fig. 1. Schematic diagrams of reactors: (a) bubble column; (b) draft-tube sparged airlift reactor; (c) airlift reactor with gas injection in outer tubes.

to eliminate dead zones. The internal angles between the
sloping edges of the prisms and the base of the reactor were
both 60°. Similar configurations had earlier been identified to
reduce sedimentation of solids [20]. Configurations (b) and
(c¢) were airlift devices. Configuration (b) was obtained by
inserting two tightly fitting vertical baffles into the bubble
column configuration (a). Configuration (c) was identical
with configuration (b), except that the prisms were relocated
to the centre as shown in Fig. 1 and air was now sparged in
the peripheral risers instead of in the central riser of config-
uration (b). The three configurations were designed to enable
a comparison of performance of otherwise geometrically
equivalent bubble column and airlift reactors. Both the airlift
reactors (b) and (¢) had identical downcomer-to-riser cross-
sectional area ratios of 1.0. In all cases the unaerated liquid~
solid slurry height was identical at 1.64 m. The unaerated
slurry volume was about 0.110 m?. Configurations (a) and
(b) were sparged through identical perforated plates with 30
holes of 0.002 m diameter drilled on 0.0445 m X 0.0255 m
rectangular pitch. Equivalent spargers, each with 15 holes of
0.002 m diameter, were positioned at the bottoms of the two
risers in configuration (c).

Tap-water and air were the liquid and gas phases respec-
tively. The air flow rates were measured by a calibrated rota-
meter and the superficial gas velocity (Ug), based on the
total cross-sectional area of the column, varied over 0.01-
0.08 ms™' (0.38-3.07 vvm). Glass beads with a mean par-
ticle diameter d, of 0.069 mm, 95% sphericity and 2517 kg

m™? density were the solid phase. The volume fraction of
solids in the slurry ranged over 0-0.05. Batch operation was
employed with respect to solid and liquid. All experiments
were carried out at room temperature and atmospheric
pressure.

For measurements, the reactors were filled with the liquid,
a known amount of solids was added and the level of liquid
was adjusted. Air was introduced at sufficient flow rate that
all solid particles were suspended. The gas velocity was then
gradually decreased to the desired levels and measurements
were made after a minimum wait of 10 min to ensure that a
hydrodynamic steady state had been attained [16].

The overall gas holdup e was determined by visual meas-
urements of the static slurry height 4, and the aerated height
hp. The gas holdup was calculated from the expression

o=l
= (1)

The local gas holdups in the risers and downcomers of the
airlift reactors were determined by measuring the hydrostatic
pressure differences in these regions with inverted U-tube
water manometers. The manometric taps were located in the
risers and downcomers at 0.45 and 1.35 m from the baseplate
in both cases. The solids concentration was measured by
withdrawing samples of the slurry. Samples were taken mid-
way between the manometric taps in the riser and down-
comer. A syringe sample, r, with a large-bore needle (0.0015
m internal diameter) was used; the diameter of the bore was
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more than 16-fold that of the particles. The needle was
inserted up to the half-way point between the front and rear
walls of the reactor. About 12 ml of slurry sample was col-
lected over a short interval of about 2 s. The volume fraction
of solids in the sampled slurry was determined from meas-
urements of the sedimented or packed volume of the solids;
thus

_KVe

= 2
Ve (2)

bs
where Vg, is the total volume of the solid-liquid slurry sample
and Vp is the packed volume of the solids. The constant K in
Eq. (2) is the ratio of the actual volume V; of solids and the
packed volume [21]. For the solids used, the K value was
experimentally determined to be 0.618. The gas holdups in
the riser (¢,) or the downcomer (&) were calculated with
the equation

e or €d=PL Ah/Az+ ds(ps—pL)
ds(ps—pL) + (pL=pa)

which was derived by Wenge et al. [21]. In Eq. (3), ¢s is
the measured volume fraction of solids in slurry samples, Az
is the manometer reading in the riser or the downcomer and
Az is the vertical distance between the measuring taps of
manometers.

The liquid circulation velocity and mixing time were meas-
ured by the tracer impulse method [3]. Sodium hydroxide
(2 kmol m~?) and sulphuric acid (1 kmol m™) solutions
(2 ml each) were alternately injected into the top of the
reactor as tracers. The variations in pH were monitored with
two pH probes and a chart recorder. The pH probes were
installed in the downcomer in the airlift reactors. The mixing
time was calculated from the response curves as the time
required to achieve 90% of the final tracer concentration.

The overall volumetric oxygen transfer coefficient k a,
was determined by the dynamic gassing-in method as used
previously by Chisti and Moo-Young [18]. A polarographic
dissolved oxygen electrode ( Yellow Springs, YSI5739) and
a dissolved oxygen meter (YSI model 57) were used to
follow the change in concentration of oxygen in a batch of
slurry that had previously been freed of oxygen by bubbling
through with nitrogen. '

(3)

3. Results and discussion

As expected, because of the baffles, the macroscopic flow
patterns in the airlift reactors differed significantly from those
in the bubble column. In the airlift devices the usual [3]
upflow in the riser(s) and downflow in the downcomer(s)
occurred irrespective of the aeration rate. In the bubble col-
umn a well-defined bulk circulation of the liquid did not
develop; several circulation cells were seen as shown in
Fig. 2. A strong circulation cell developed near the base of
the column (Fig. 2) at a low gas velocity of 0.02m s~ ". The

Fig. 2. Bulk liquid flow pattern in the bubble column.

slurry in the cell flowed upwards along one of the walls, while
downflow occurred at the opposite wall (Fig.2). Further
increase in gas flow rate divided the large circulation cells
into smaller ones or altered the size and location of the cells.

As shown in Fig. 3, for comparable conditions the overall
gas holdups in the three reactor configurations were compa-
rable, although there were small consistent differences.
Because the hydraulic diameter of the riser in configuration
(c) was smaller (d,, =0.7d,,) than in configuration (b),
the Reynolds numbers in the flow channels were correspond--
ingly lower in configuration (c) for identical magnitudes of
bulk fluid circulation in the two devices. Thus, for otherwise
identical conditions, greater bubble coalescence occurred in
the narrow and less turbulent risers of the airlift configuration
(c). Consequently, the overall gas holdup in configuration
(c) was about 5% lower than in configuration (b) (Fig. 3).
These observations, while internally consistent, are in con-
trast with the findings of Koide et al. [ 12], who noted larger
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Fig. 3. Effect of superficial gas velocity on overall gas holdup for the three
reactors (solids loading ¢s =3% (v/v)).
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Fig. 4. Effects of solids loading and superficial gas velocity on overall gas
holdup in airlift configuration (b).

Table 1
Parameters in Eq. (4) for the three reactors

Reactor type a B ¥

(a) 1.034 0.021 0.704
(b) 0.959 0.019 0.666
(c) 1.083 0.023 0.724

overall gas holdups in annulus sparged draft-tube airlift reac-
tors than in equivalent devices that were sparged in the draft-
tube.

The effect of solids loading on the overall gas holdup in
configuration (b) is shown in Fig, 4 for various rates of gas
flow. The solids loading ¢ in Fig. 4 is the volume percentage
of solids placed in the solid-liquid two-phase slurry, Over
the solids volume fraction range of 0%—5% (v/v), increasing
solids loading caused marginal decline in the overall holdup.
Atany given solids loading the holdup increased with increas-
ing gas flow rate, but the increase was smaller for the higher
loadings (Fig. 4). Similar behaviour was noted for the gas
holdup in the riser and the downcomer and in other reactor

configurations. The decline in holdup was associated with a
larger mean bubble size and hence larger rise velocities of
bubbles in slurries with increasing amounts of solids. The
turbulence dampening effect of solids favoured bubble coa-
lescence and a larger mean bubble diameter. This observation
is consistent in principle with the results of Fan et al. [22]
and Koide et al. [14] in other types of slurry reactors. The
overall gas holdup data for all the reactor configurations tested
were correlated with the equation

€= (a—Pe¢s)Ug (4)

where ¢s is the input solids loading (volume percentage).
The values of «, 8 and v for the three reactors are given in
Table 1. In all cases the non-linear correlation coefficients
exceeded 0.995. Eq. (4) applied also to the two-phase sys-
tem, i.e. when ¢=0.

In airlift reactors the gas holdups in the riser and the down-
comer have previously been shown to be linearly related. For
example, Chisti [3] (p. 218) reported the empirical equation

€,=0.460¢,— 0.024 (5)

for external-loop types of airlift reactors. Eq. (5) applied to
aqueous salt solutions (0.15 kmo! m ™3 sodium chloride in
water) with and without paper pulp fibre solids (1%-3% (w/
v)) that were used to simulate mycelial fermentation broths.
A similar equation was reported for suspensions of animal
cell culture microcarrier support particles (0~10 kg m~*) in
split-cylinder internal-loop airlift reactors by Ganzeveld et al.
[9]. The equation was

€,=0.63¢,— 0.0008 (6)

Notice that Egs. (5) and (6) are independent of the solids
concentration. In the present work the data for the two airlift
configurations fitted the equation

€,=0.988¢,—0.016 7

as shown in Fig. 5. Eq. (7) applied to solids-free as well as
solids-containing operations over the entire range of solids
loadings tested. Of particular note is the observation that for
identical riser-to-downcomer cross-sectional area ratios,
whether the airlift reactor is sparged in the draft-tube (con-
figuration (b)) or in the outer tubes (configuration (c) ) does
not affect the relationship between the riser and downcomer
gas holdups.

The variation in the superficial velocity (Up4) of liquid in
the downcomer with increasing gas flow rates is depicted in
Fig. 6 for the two airlift reactors. As shown in Fig. 6, by the
time the gas flow had increased to 0.01 m s, the induced
liquid circulation rate had attained a constant value which
was insensitive to further increase in gas flow until the flow
exceeded 0.04 m s~ Beyond this value the flow regime
transformed to churn turbulent flow and the consequent high
gas holdup values in the riser caused a significant increase in
the driving force for liquid circulation. Note that the airlift
configuration (c) produced consistently lower values of lig-
uid circulation velocities in comparison with configuration
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Fig. 5. Relationship between riser and downcomer gas holdups for the two
airlift reactors.
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Fig. 6. Effects of superficial gas velocity and solids loading on induced liquid
circulation velocity (Ur4) in the two airlift devices.

(b). This behaviour was due to the higher pressure drop in
the bottom zone of configuration (c¢) and the somewhat
greater driving force for circulation in configuration (b). The
latter was because of relatively higher Reynolds numbers and
hence higher gas holdups in the riser of configuration (b).
Up to a solids loading of 5% (v/v) the solids did not have
a significant impact on the magnitude of liquid circulation
(Fig. 6). Previously, for substantially larger particles
(d,=0.4275 mm) than used here but for a similar range of

solids loading (¢g=0.8%-4.0%), Livingston and Zhang
[23] had reported a noticeable decrease in the liquid circu-
lation rate with increasing loading of solids in a draft-tube
airlift reactor.

Mixing in airlift reactors may be considered to have two
contributing components: (i) backmixing due to recircula-
tion and (ii) axial dispersion in the riser and the downcomer
due to turbulence and differential velocities of the gas and
liquid phases. The effect of superficial gas velocity on mixing
time is shown in Fig. 7 for the three reactors. Over the solids
loading range of 0%—-5% (v/v) the loading had little effect
on mixing time. The bubble column was the poorest mixed
because of the lack of a well-defined bulk circulation of lig-
uid. In the airlift reactors, mixing improved continuously with
increasing gas flow rate (Fig.7) even though the rate of
induced liquid circulation was insensitive to gas flow velocity
for velocities less than 0.04 m s~" (Fig. 6). Thus in the gas
velocity range of 0.01-0.04 m s~ ! the improvementin mixing
was largely due to increasing axial dispersion; the contribu-
tion of circulatory flow loops was constant. In this range the
relative velocity between the liquid and gas phases increased
and, as pointed out by Weiland [24], the differences between
the velocities of the phases are the main contributor to lon-
gitudinal mixing. The mixing times (Fig. 7) in airlift config-
uration (b) were about 10% lower than in configuration (c)
and this was in keeping with the relative magnitudes of
induced liquid circulation rates in the two devices (Fig. 6).
The dependences of mixing time on gas velocity in airlift
configurations (b) and (c) were correlated respectively with
the equations

t,=13.714U5%*" (8)
and
t,=11.243U50%3 )
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Fig. 7. Effects of superficial gas velocity and solids loading on mixing time
(t,) in the three reactor configurations.
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Fig. 10. Dependence of overall gas-liquid volumetric oxygen transfer coef-
ficient on gas flow rate in the three reactor configurations.

The correlation coefficients for Eqs. (8) and (9) were 0.935
and 0.941 respectively.

Visual observations showed complete suspension of solids
at superficial gas velocities of 0.01 m s~! or higher in all
reactors. As shown in Fig. 8 for airlift configuration (b), the
measured distribution of solids was identical in the riser and
the downcomer over the entire ranges of gas flow rates and
input loadings of solids. Similar homogeneous dispersion of
solids was observed in airlift configuration (c). These results
were consistent with the uniform solids distribution noted by
Wenge et al. [21] in a split-cylinder airlift reactor, Unlike in
the airlift devices, the solids distribution in the bubble column
was non-uniform. Thus, as shown in Fig. 9, for an input solids
loading of 3% (v/v) the measured loadings were indeed 3%
in the two airlift configurations but were lower in the bubble
column at centre-line, 0.90 m above the sparger. Because
complete suspension of solids was visually confirmed for the
bubble column, the results in Fig. 9 implied a non-homoge-
neous distribution of solids. Other investigators have also
reported axial variations in concentrations of suspended sol-
ids in slurry bubble columns [25].

The overall volumetric gas-liquid oxygen transfer coeffi-
cient k gy, for the two airlift reactors was comparable as
shown in Fig. 10; the bubble column gave somewhat higher
values of k; a; for otherwise identical conditions. In all cases
kra; showed alinear dependence on gas flow rate in the range
examined.

4. Conclusions

A bubble column and two airlift reactors with identical
overall geometries were investigated as gas-liquid-solid
three-phase reactors. The overall gas holdups produced in the
reactors under identical conditions were similar; the draft-
tube sparged mode of operation of the airlift gave somewhat
higher holdups than did sparging in the peripheral channels.
The overall holdup declined slightly with increasing loading
of solids (0%—-5% (v/v) solids loading). In the airlift reac-
tors, irrespective of the solids loading or the mode of sparging,
the riser and downcomer gas holdups were governed by the
same linear relationship (Eq. (7)). The induced liquid cir-
culation velocities in the draft-tube sparged reactor were
higher than in the alternative mode of sparging because of
the differences in pressure drops associated with the bottoms
of the two airlift reactors. Despite this, the two reactors had
comparable mixing performance whereas the bubble column
proved to be a distinctly poorer mixer. All reactors achieved
complete suspension of solids. The solids distribution in the
two aizlift devices was uniform, being identical in the risers
and downcomers. The bubble column had a heterogeneous
distribution of solids. In terms of oxygen transfer capability,
the bubble column was marginally superior to the airlift reac-
tors.
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Appendix A: Nomenclature

d, particle diameter (m)

d, hydraulic diameter of riser (4 X flow area/
wetted perimeter) (m)

Ah manometer reading (m)

hp aerated slurry height (m)

hy unaerated slurry height (m)

kay overall volumetric gas-liquid oxygen transfer
coefficient (s™1)

K constant ratio of actual volume to packed
volume of solids

t mixing time (s)

Us superficial gas velocity based on entire column
cross-sectional area (m s~ 1)

Urg superficial liquid velocity in downcomer (m
s™h

Ve packed volume of solid particles (m?)

Vs actual volume of solids (m?)

VoL volume of solid-liquid slurry sample (m®)

Az distance between manometer taps (m)

Greek letters

« “coefficient in Eq. (4)

B coefficient in Eq. (4)

0 exponent in Eq. (4)

€ overall gas holdup

€ downcomer gas holdup

€ riser gas holdup

PG density of gas (kg m™?)

oL density of liquid (kg m~?)

Ps density of solid particles (kg m™>)

obs volume fraction of solids in liquid—solid slurry
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