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Abstract
A forced circulation pumped loop reactor is characterized for oxygen transfer in air–water system. Overall mass transfer coefficient (kL a)
data are reported for airlift and forced circulation modes of operation, for liquid circulation rates of up to 2 m3 /h. Highest values of oxygen
transfer efficiency were attained at specific power input values of ≤100 W/m3 when the forced circulation rates were ≤0.5 m3 /h. Higher values
of forced circulation rate reduced mass transfer efficiency, but reactor was always more efficient than a propeller loop reactor. The kL a values
obtained at high rates of pumped liquid circulation were substantially greater than could be attained in the airlift mode of operation. Forced
circulation produced more uniform and small bubbles, compared to operation as an airlift reactor. At high rates of forced circulation (e.g.
2 m3 /h), presence of relatively light (density = 931.8 kg/m3 ) suspended hydrophobic polypropylene particles (average diameter = 4.7 mm) at
concentrations of 1.6 and 3.2% (v/v), barely affected kL a compared to solids-free operation. The reactor used had an aspect ratio of 6.2 and
downcomer-to-riser cross-sectional area ratio of 0.032. The forced flow was injected in the annular riser zone.
© 2005 Elsevier B.V. All rights reserved.
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1. Introduction
Aerobic fermentations require an uninterrupted supply of
dissolved oxygen. Oxygen is generally supplied by sparging
air or pure oxygen through a pool of culture broth contained in
a bioreactor. The oxygen absorption capability of a bioreactor
is characterized in terms of the overall volumetric gas–liquid
mass transfer coefficient, or kL a. The oxygen absorption rate
N is related to kL a as follows [1]:
N = kL a(C∗ − CL )

(1)

where C*

is the saturation concentration of dissolved oxygen
in the broth and CL is the actual instantaneous concentration. Oxygen transfer capability of a bioreactor often limits
its productivity and many bioreactor designs have been investigated in attempts to provide high levels of oxygen transfer
at minimal power inputs [2].
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In pneumatically mixed conventional bioreactors such as
bubble columns, bubble flow persists only to a relatively low
superficial aeration velocity of about 0.04 m/s [1,3]. Higher
aeration rates increase bubble size, cause churn turbulent
flow and lead to reduced mass transfer efficiency. Better oxygen transfer efficiencies than in bubble columns, have been
reported for airlift reactors where bubble flow can occur to
higher values of aeration velocities [1]. Various mechanisms
for enhancing gas–liquid mass transfer in bioreactors have
been reported. Low frequency vibrations applied to the liquid phase have been shown to reduce the size of gas bubbles
generated at the sparger and enhance gas holdup and kL a
by a factor of two or more [4]. Other methods of enhancing
gas–liquid mass transfer in pneumatically mixed bioreactors
include the use of static mixers [5–7], perforated plates [8]
and baffles [9]. Installation of these internals has improved
mass transfer by as much as 500% compared to when no
internals are used [5]. Magnetic stabilization of slurries of
suspended solids is a further option that is sometimes useful
in enhancing mass transfer [10].
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Nomenclature
a
C*
CL
eT
EM
g
HL
kL
kL a
M
N
Pts
Ps
Qg
QL
Qm
R
T
vLN
v0
VL
Vsgr

gas–liquid interfacial area per unit volume of
liquid (1/m)
saturation concentration of dissolved oxygen
(kmol/m3 )
oxygen concentration in the liquid (kmol/m3 )
total power input per unit volume (W/m3 )
mass transfer efficiency (m3 /J)
gravitational acceleration (m/s2 )
unaerated liquid height (m)
mass transfer coefficient based on liquid film
(m/s)
volumetric mass transfer coefficient (1/s)
molar mass (kg/kmol)
oxygen flux (kmol/m2 s)
pressure at top section (headspace) (Pa)
differential pressure between inlet and outlet
of sparger (Pa)
volumetric gas flow rate (m3 /s)
volumetric liquid flow rate (m3 /h)
molar gas flow rate (kmol/s)
universal gas constant (J/kmol K)
temperature (K)
liquid velocity in nozzle (m/s)
gas velocity through the sparger hole (m/s)
liquid volume in the reactor (m3 )
superficial gas velocity in riser (m/s)

Greek symbols
ε
gas holdup
ρ
density (kg/m3 )
Ω
efficiency factor
Subscript
D
dispersion
g
gas phase
L
liquid phase

When a microbial culture is not easily damaged by fluid
shear, reactors such as jet loop bioreactor [11–13] and propeller loop reactor [14,15] can be used to achieve high rates of
mixing and oxygen transfer. How gas is sparged in these reactors and the gas–liquid mixing in the “mixing tube” zones of
spargers, influence oxygen transfer in these reactors [16–19].
Here we report on overall volumetric gas–liquid mass transfer coefficient in a novel forced circulation loop reactor for
possible use as a bioreactor [20]. The reactor uses an external
centrifugal pump to enhance liquid circulation in concentric
draft-tube type of internal-loop airlift circulator. The intended
applications span processes in which the biocatalyst is relatively shear-tolerant.

Various configurations of forced circulation loop reactors
with externally located pumps have been described in the literature [11–13,16–19,21–28]. Generally, the pump is used to
force a jet of liquid either upwards or downwards in a drafttube that is concentrically located in an outer vessel. Fluid
circulation between the draft-tube and the annular zone is
driven by the momentum of the fluid jet. Jet loop reactors
have been proposed mainly for use in chemical processes
[27] and, to some extent, in biological treatment of wastewater. Compared to reactors such as the stirred tank, relatively
few publications exist on jet loop reactors. Hydrodynamics
[19,21,23–25,28], gas–liquid mass transfer [16–18,22,24],
solid–liquid mass transfer [26] and mixing in these reactors have been studied. The forced circulation loop reactor
of the present study was different from the other jet loop
reactors that have been described. The entire annular zone of
the reactor used in this work (Fig. 1) constituted an annular
jet. Furthermore, the gas injection configuration used (Fig. 1)
had been specifically designed to provide a high value of liquid flow rate parallel to the gas injection orifices, so that the
bubbles detached from the sparger while they were still quite
small. This increased gas–liquid interfacial area for mass
transfer. The maximum flow in the inlet nozzle was about
7 m/s compared to a flow of about 20 m/s that is typical of jet
loop reactors [11].

2. Materials and methods
2.1. Forced circulation loop reactor
The bioreactor consisted of a cylindrical vessel that was
divided into riser and downcomer zones by insertion of a concentric draft-tube. The reactor vessel and gas–liquid sparger
are shown in Fig. 1. The gas–liquid sparger (Fig. 1) consisted
of separate inlets for gas and liquid. The liquid passed through
a static mixer that induced a swirling motion. The gas from a
side port was injected in the swirling liquid through annular
holes (6 in Fig. 1) in the conical region of the gas sparger. The
gas–liquid dispersion was intimately mixed in a mixing tube
(8 in Fig. 1) and passed into the annular riser zone (riser) of
the reactor. A guide cone placed at the bottom of the drafttube ensured that the gas–liquid dispersion from the sparger
smoothly flowed into the riser without disturbing the circulatory flow between the riser and the downcomer (draft-tube).
Small gas bubbles were rapidly swept away from the injection holes by the rapid swirling flow of liquid. Size of the
bubbles depended on the gas and liquid flow rates, as could
be ascertained visually. A combination of high liquid flow
rate and low gas flow rate produced small bubbles and good
distribution of bubbles across the cross-section of the mixing
tube. A typical uniform distribution of small bubbles in the
annular riser zone is shown in Fig. 2. (The bubble concentration at the left and right edges of Fig. 2 appears higher than in
the center because the camera is viewing a much deeper fluid
channel at the edges of the reactor column than in the center.)
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Fig. 1. Details of the reactor: (1) liquid inlet; (2) gas inlet; (3) static mixer; (4) gas sparger; (5) conical liquid input zone; (6) orifice; (7) two-phase mixture; (8)
mixing tube; (9) guiding cone; (10) diffuser; (11) support; (12) screw; (13) riser venturi entrance; (14) liquid outlet; (15) riser; (16) downcomer; (17) screw;
(18) draft-tube support; (19) reactor vessel; (20) gas outlet.

Fig. 2. A typical distribution of bubbles at QL = 2 m3 /h and Qg = 1.29 × 10−4 m3 /s.
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Table 1
Reactor geometry and operational parameters
Description

Value

Bioreactor diameter (m)
Unaerated liquid height (m)
Liquid height above draft-tube (m)
Working volume (m3 )
Downcomer-to-riser cross-section
area ratio (−)
Draft-tube length (m)
Inner diameter of draft-tube (m)
Static mixer S1

0.1484
0.914
0.032
0.01625
0.493

Static mixer S2
Mixing tube length (m)

0.865
0.083
20 mm length, 45◦
inclination angle
20 mm length, 90◦
inclination angle
0.124 and 0.236

The circulation of liquid in the riser–downcomer loop was
higher than would be the case in an equivalent airlift reactor
because the circulation was driven by the external centrifugal
pump that was in addition to the driving force contributed by
the difference in density of dispersion between the riser and
downcomer.
Various geometric details of the reactor are shown in
Table 1. The arrangement of gas and liquid flow, pressure
measurement points and the location of dissolved oxygen
sensors are shown in Fig. 3. All experiments were carried
out with air and water at 20 ± 1 ◦ C. The temperature of the
liquid in the reactor was controlled by passing the liquid flow
from the pump through a cooler before the liquid entered the
reactor. Air was sourced from a laboratory compressor via a
pressure regulator, needle valve and a buffer tank that facilitated precise adjustments of gas flow rate. Some experiments
used solid particles suspended in water. The solid phase consisted of polypropylene particles of 4.7 mm mean diameter
and 931.8 kg/m3 density, respectively.
2.2. Measurements
Overall gas holdup, ε, was determined by the well-known
volume expansion method [1]. This method is reproducible
to within ±10% of the average value [1]. The overall volumetric mass transfer coefficient, kL a, was determined by
means of the dynamic gassing-out method [1]. Two different makes of dissolved oxygen probes (Jenway 9300, UK;
WTW 537, Germany) were used. The kL a data obtained by
these probes agreed within ±7.6% of the average value, for
a range of identical conditions of comparison. The probes
were located as shown in Fig. 3. The probe in the drafttube was at the centerline, 0.31 m below the top of the
vessel. Both probes were approximately half way up the reactor. The probe in the riser zone extended to the mid point
of the annulus and was inclined at 17◦ to the horizontal
(Fig. 3).
For kL a measurements, dissolved oxygen was first
removed from the reactor by sparging with nitrogen until
the dissolved oxygen concentration fell to nearly zero. The

nitrogen flow was then stopped and bubbles were allowed
to disengage from the liquid. Aeration commenced and the
flow rate of air was adjusted to the required value. The air
flow rate was calculated based on the hydrostatic pressure at
the entrance of the gas sparger. Once the reactor had attained
a hydrodynamic steady state by visual inspection (typically
<20 s from initiation of aeration), the increase in dissolved
oxygen concentration was measured with time until the fluid
became nearly saturated with oxygen. Output signals from the
dissolved oxygen meters were logged using an IBM compatible computer, at intervals of 1 or 2 s. The response times
of the dissolved oxygen electrodes (∼6 s for 63% of full
scale response) was always ≤1/kL a and therefore electrode
response delays could be neglected in calculations of kL a
[15].
Dissolved oxygen concentrations measured as a function
of time, were used in calculating the kL a. Data collected only
after the first 20 s of start of aeration were used. For the conditions used, the increase in dissolved oxygen with time is
described by the following well-known equation [1]:
dCL
= kL a(C∗ − CL )
dt

(2)

Integration of Eq. (2) for CL = C0 at t = 0, led to the following
equation:

ln

C ∗ − CL
C ∗ − C0


= −kL a t

(3)

A plot of the left-hand-side of Eq. (3) against time, was used
to obtain the slope as −kL a.
Measurements of pressure difference P at the inlet and
outlet of the sparging zone (Fig. 3) for estimating the energy
consumption were done with a differential pressure transmitter (Rosemount 3051, USA). Differential pressure signals
were transmitted and logged on a computer at 1 s intervals
within a measurement window of 30 s. The total power input
eT to the reactor was estimated as follows:
eT =



Ω
Qm RT
ρL gHL
+
ln 1 +
Qm Mv2o
VL
Pts
2VL
+

QL
Ps QL
ρL v2LN +
2VL
VL

(4)

The first, second, third and fourth terms on the right-handside of Eq. (4) represented power input due to isothermal
expansion of the gas, the kinetic energy of the injected
gas, the kinetic energy of the liquid entering the reactor,
and the energy loss in the sparger zone. The efficiency factor Ω was taken to be 1 [1]. Derivation of the first two
terms of Eq. (4) has been discussed in detail previously [1].
Terms three and four in the above equation have been commonly derived in textbooks dealing with fluid flow in pipes
[29].
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Fig. 3. Forced circulation loop reactor and ancillary equipment. (1) Reactor; (2) gas–liquid sparger; (3) differential pressure transmitter; (4) compressor; (5)
needle valve; (6) cooler; (7) rotameter; (8) centrifugal pump; (9) three-way valve; (10) pressure gage; (11) dissolved oxygen meter; (12) buffer tank; (13) drain
valve; (14) thermometer.

3. Result and discussion
3.1. Mass transfer
Dependence of the overall gas holdup and kL a on the main
operational variables of liquid flow rate and aeration rate, is
shown in Figs. 4 and 5, respectively. Both gas holdup and
kL a values were enhanced by increasing gas and liquid flow
rates. Compared to operation as an airlift (i.e. QL = 0), use
of pumped circulation enhanced kL a by nearly two-fold at a
QL value of 2 m3 /h (Fig. 5). A similar behavior was seen for

gas holdup (Fig. 4). Therefore, the liquid flow influenced kL a
mainly by affecting the bubble size and gas–liquid interfacial
area a.
The kL a values obtained generally depended on the total
power input in the reactor, as shown in Fig. 6 for various
values of the pumped liquid flow. For relatively low pumping
rates (0 ≤ QL ≤ 1 m3 /h), the turbulence was low and the
flow contributed little to breaking gas bubbles; hence, for
QL ≤ 1 m3 /h, the kL a values were essentially the same as
for the conventional airlift mode of operation (i.e. QL = 0)
(Fig. 6). For solids-free and forced operations, the kL a
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Fig. 6. Volumetric mass transfer coefficient (kL a) vs. volumetric power input
(eT ).
Fig. 4. Overall gas holdups (ε) vs. superficial gas velocity (Vsgr ) for different
liquid flow rates (QL ).

data were correlated with the power input and gas holdup,
according to the following equation:
kL a = 19.91 × 10−3 e0.361
ε0.667
T

(5)

Predictions of Eq. (5) agreed with the measured kL a values
to within ±6.9% average deviation. The maximum deviation
was within ±15% (Fig. 7).
The method used for calculating the kL a assumed a wellmixed liquid phase. This assumption is supported by the
data shown in Fig. 8 where, for any combination of gas
and liquid flow rates, the measured kL a values in the riser
and downcomer zones agreed on average within 5%. For
any given pumping rate of liquid, the kL a values increased
with increasing aeration rate because of increasing gas holdup

Fig. 5. Overall mass transfer coefficient (kL a) vs. superficial gas velocity
(Vsgr ) for different liquid flow rates (QL ).

Fig. 7. Comparison of the predictions of Eq. (5) with measured values of
the volumetric mass transfer coefficient.

Fig. 8. Mass transfer coefficient (kL a) vs. superficial gas velocity in riser
(hollow symbols) and downcomer (solid symbols) at different liquid flow
rate (m3 /h): 0 (), 0.5 (♦), 1.0 ( ), 1.5 ( 䊉) and 2.0 ().
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Fig. 9. Overall mass transfer coefficient vs. superficial gas velocity for liquid
flow rate (QL ) values of 1 and 2 m3 /h and two different static mixers S1 (solid
symbols) and S2 (hollow symbols).

and interfacial area (Fig. 8). For any fixed aeration rate, kL a
increased with increasing liquid flow rate because the turbulence generated by the liquid reduced the size of gas bubbles
and increased interfacial area. Increasing liquid flow was
increasingly effective in dispersing bubbles at higher values
of aeration rate (Fig. 8). This is because bubble coalescence
becomes an important factor in reducing interfacial area only
at relatively high values of aeration velocity.
The kL a values were comparable for the two static mixers
(Fig. 9), suggesting that the lower pressure drop mixer S1 is
to be preferred. For any given static mixer, the flow rate of the
liquid had a strong influence on the kL a (Fig. 9), as explained
earlier. An approximate doubling of the length of the mixing tube in the sparger zone (Fig. 1) did not affect the kL a
values substantially, but the kL a values were strongly influenced by the volume flow rate of liquid through the mixing
tube (Fig. 10). Compared to a volumetric liquid flow rate of
1 m3 /h, a doubling of the flow increased turbulence, produced
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Fig. 11. Overall mass transfer coefficient (kL a) values for different solids
loadings at QL = 2 m3 /h.

finer bubbles and distributed the bubbles more uniformly
across the cross-section of the tube, to greatly enhance the
kL a (Fig. 10).
Presence of ridged polypropylene particles in the liquid
at concentrations of up to 3.2 vol.% solids had barely any
effect on kL a (Fig. 11) compared to equivalent two-phase
operation. The effect of solids was assessed only at the high
liquid pumping rate of 2 m3 /h. In airlift reactors, presence
of pulp-like solids at similar concentrations as used here, is
known to reduce the kL a values significantly compared to
solids-free operation [1]. Thus, the effect of solids depends
on the kind of solids. Certain types of relatively large and
heavy solid particles suspended in low concentrations can
actually increase the value of kL a [30]. This is apparently
caused by the solids reducing the bubble size and thereby
increasing the gas–liquid interfacial area.
3.2. Mass transfer efﬁciency
Mass transfer efficiency Em is defined [15] as follows:
Em =

Fig. 10. Overall mass transfer coefficient (kL a) vs. superficial gas velocity
for different mixing tube lengths (solid symbols = long tube; hollow symbols = short tube) and liquid flow rates QL .

kL a
eT

(6)

Multiplying the Em -value with the steady-state driving force
for oxygen transfer (i.e. C* − CL ), provides the amount of
oxygen transferred per unit of energy supplied. Mass transfer efficiencies for various levels of power input are shown
in Fig. 12. Published data [15] for a propeller loop reactor
are also shown for comparison. Highest values of oxygen
transfer efficiency were attained at specific power input values of ≤100 W/m3 when the forced circulation rates were
≤0.5 m3 /h. High values of forced circulation rate reduced
mass transfer efficiency; nevertheless, for the entire range of
QL values tested, the forced circulation operation was more
efficient in comparison with a propeller loop reactor that
has been reported in the literature [15]. Centrifugal pump
is clearly a more efficient circulator than a conventional propeller located within a tube.
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[7]
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[11]
[12]

[13]
Fig. 12. Comparison of mass transfer efficiency Em at different liquid flow
rates in the forced circulation loop reactor with values reported for the propeller loop reactor [15].

[14]

4. Conclusions

[15]

Gas–liquid mass transfer was characterized in a pumped
circulation loop reactor for various combinations of aeration
rates and pumped flow rates of liquid. Compared to operation as airlift circulator (i.e. no external pumping), forced
circulation greatly enhanced kL a and gas holdup particularly when the pumped liquid flow exceeded 1 m3 /h. The
kL a enhancing effect of forced liquid circulation was particularly strong at high aeration rates when bubble coalescence
would have adversely affected kL a in the absence of forced
flow of liquid. The measured kL a correlated with total power
input and gas holdup in the reactor. Ridged, relatively light,
hydrophobic suspended solids did not significantly affect kL a
at solids concentration of up 3.2% by volume. Highest values
of oxygen transfer efficiency were attained at specific power
input values of ≤100 W/m3 when the forced circulation rates
were ≤0.5 m3 /h. Compared to published data on a propeller
driven loop reactor [15], the oxygen transfer efficiency of the
pumped circulation reactor was significantly higher.
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